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Mechanically agitated reactors are widely used in variety of process industries.
Traditional designs assume perfect mixing which often fails to predict the performance of
large scale industrial reactors. The effect of mixing becomes pronounced when the time
scales of some of the reactions are small compared to the time scale of mixing. The
objective of this work is to predict the influence of mixing on the performance of
stirred-tank reactors by developing a compartmental model that incorporates the flow
field simulated by CFD. This enables the coupling of the flow field, turbulent mixing and
kinetics in an appropriate way, and bridges the existing gap between CFD and phenomeno-
logical models. © 2006 American Institute of Chemical Engineers AIChE J, 52: 1836-1846, 2006
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Introduction

Traditional design of mechanically agitated reactors, which
are widely used in variety of process industries, is based on the
assumption of perfect mixing. This assumption is only justified
when all the reaction time scales are much larger than the
mixing time scale. It often fails because perfect mixing at all
length scales can never be achieved and concentration gradi-
ents do exist within the reactor over finite distances and times.
This has serious consequences for scale-up of multiple reaction
systems where some of the reaction time scales are small
compared to the time scale of mixing. Since chemical reactions
are molecular events, the product distributions can be severely
affected by the concentration inhomogeneities within the reac-
tor. As a result, the formation of undesired products can in-
crease significantly thereby leading to increased generation of
wastes.

Mixing in a stirred-tank reactor takes place through convec-
tion (at larger length scales in the inertial subrange; commonly
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referred to as macromixing), coarse-scale turbulent exchanges
(at intermediate length scales larger than the Kolmogorov
scale; commonly called mesomixing), as well as by deforma-
tion of fluid elements followed by molecular diffusion (at
smaller length scales below the Batchelor scale; commonly
described as micromixing).! In the completely turbulent regime
(Reynolds number for impeller,Re;,,, > 10*) the macromixing
effect on the reactor performance depends highly on the flow
field that exists within the reactor. Hence, detailed flow de-
scriptions are needed to describe the mixing effects and predict
the performance in a stirred-tank reactor.

Mixing effects in stirred vessels have been traditionally
addressed using phenomenological models. These models pro-
vide analysis of the effects of mixing on the product distribu-
tion and selectivity of industrial reactions in stirred reactors.
Common phenomenological models include the segregated
flow/ maximum mixedness models, the interaction by ex-
change with the mean (IEM) model,? the engulfment deforma-
tion diffusion (EDD) model,? and more recently the population
balance model.* These models attempt to describe the effect of
micromixing on the reactor performance, but none of them
account for the detailed flow description within the reactor
(macromixing). The other usual approach is that of compart-

AIChE Journal



mental modeling, which essentially attempts to describe the
macromixing effects on the reactor performance, and also
accounts for certain level of mesomixing through the inclusion
of the exchange coefficients. An example of this approach is
the Network of Zones model,5-¢ which does account for the
prevalent flow field inside the reactor. This model, however,
depends on the available literature correlations for the impeller
pumping flow (the flow number) which are needed to map the
flow field in the system. It has been shown that the uncertain-
ties in the estimation of the flow number (which varies about
30-50% when based on different literature correlations) can
result in significant uncertainties in the model predictions.”
Mesomixing is mimicked in the network of zones model, by
the use of exchange flows between compartments which are
taken as a fraction of the main flow through the compartment.
The number of compartments and the fractions selected for
estimation of the exchange flows serve as model parameters
and are generally selected arbitrarily. But despite its limita-
tions, this approach has been shown to capture the essential
features of macromixing in stirred vessels operating in both
batch® and semibatch® modes. The qualitative comparison of
3-D visualizations of passive tracer mixing using a colored dye
showed reasonable agreement with the model predictions.®
More recently, CFD has emerged as an alternative for the
solution of reactive flow problems which can be used to solve
the flow field as well as the concentration field simultaneously
(or separately) in a stirred vessel.'®!''2 However, the CFD
solutions can become computationally intensive for industrial
reactions and reactors where the number of components in-
volved might be significantly large and the vessels are huge.
This can be of concern for online prediction of product distri-
bution and, hence, such an approach will not be suitable for
process optimization and model based advanced control.

An improved methodology (in terms of reduced computa-
tional expense and time) can be devised if the CFD solution for
the flow in the reactor is used along with the phenomenological
models, thereby decoupling the flow and the kinetics of the
system, but still accounting for the effect of the hydrodynamics
on the mixing behavior of the system. There have been some
modeling efforts along these lines recently for many types of
reactors including stirred tanks'3'4!'5 and bubble columns.'®
These models have been shown to produce reasonable predic-
tions at much lower computational cost. This makes them
suitable for optimization of product distribution, formulation of
pollution prevention strategies and advanced model based con-
trol. The simple two-compartment model,'> however, is still a
significant simplification of the flow description within the
reactor and therefore it is unlikely that the model will capture
the effect of different feed locations on reactor performance.
Akiti and Armenante's used the volume of fluid (VOF) ap-
proach to track the reaction zone and solved the reactive flow
problem using the engulfment model,> where the engulfment
parameter is calculated using the averaged turbulent parameters
(k and ¢) in the reaction zone. Although the qualitative trends
for different feed locations are captured, quantitative compar-
ison shows discrepancies with the experimental results. The
work presented here attempts to develop the CFD-based com-
partmental approach, in which the complete CFD solution of
the flow and turbulence parameters provides the input for the
compartmental mixing model. A scheme to calculate the num-
ber of compartments necessary for a given reactive system has
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also been devised, based on the time scales associated with the
process. The application of the model for single phase systems
is shown in this article, but it can be extended to model
multiphase systems as well (for example, gas-liquid or liquid-
solid systems). However, it is important to recognize that this
model can only account for macromixing and mixing due to
turbulent dispersion, but ignores micromixing effects on reac-
tor performance. The condition for which micromixing effects
can be ignored depends on micromixing time scale compared
to reaction time scale as discussed later in the text.

This article is organized as follows: the detailed model for
turbulent reactive flows is described, followed by the model
reduction to obtain the compartment level equations along with
the assumptions involved. Then the discretization strategy and
incorporation of CFD solution into the compartmental frame-
work is described. The next section provides the results and
discussions for mixing with and without reactions. Finally, the
conclusions of this work are outlined.

Detailed Model for Turbulent Reactive Systems

The mass balance equation for any component ¢ in the
reactor is given by!'?

Bcc+ 6c(,_D azc,.+R |
ar  Migx, Tmagxr TN o

Reynolds averaging Eq. 1, by decomposing the concentration

as ¢, = ¢, t c. and the velocity as u; = u; + u; results in
ac. e Jc, . dulc! d%. PR 5
ar ui@x, ax; " ax? ¢ ¢ @

Rendering Eq. 2 dimensionless by using a characteristic
length scale L, velocity scale U, and concentration scale C, we
get (* indicates dimensionless quantities)

ac* ac* _ N
W + DaRi" + DaR('*

ettt =
ar* "oxk ax¥ LU,

3

The second term on the LHS of Eq. 3 accounts for convection
due to the mean flow. The third term accounts for dispersion
caused by the fluctuations. The Reynolds averaged reaction
term contains the contributions from the mean reactant con-
centrations (1_3”;), and the mean of the cross terms of the
fluctuating concentrations (R’.*). Damkohler number, Da is the
ratio of the convection time scale to the reaction time scale (Da
= (LIUy)/(Cy/R(Cy))). The first term on the RHS accounts
for the contribution from molecular diffusion. (D,,/LU,) is the
ratio of the convection time scale to the diffusion time scale,
that is, inverse of the Peclet number Pe. For completely tur-
bulent flows at high Reynolds number for liquid phase systems
Pe > 1 (since Re>1 and Sc > 1), and the contribution of
molecular diffusion can be safely neglected. However, the
scalar-flux term (dispersion) and the second part of the reaction
term (R.*) need to be closed to solve the system of equations.

The scalar flux term is commonly closed using the gradient
diffusion model'® which can be written as
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Figure 1. Configuration of a single backmixed compart-
ment showing neighboring interconnected
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compartments.
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where D, is defined as the turbulent diffusivity, or the eddy-
dispersion coefficient, which varies from region to region
within the reactor. (D,/LU,) is the ratio of the convection time
scale to the dispersion time scale (inverse of the dispersion
Peclet number), that is, a product of the Sc, L' (turbulent
Schmidt number) and Re, I(Re, = (LUy/v))).

The contribution from the fluctuating concentration in the
reaction term (R.*) is small for slow reactions (Da <1), where
the turbulent mixing will occur before the reaction can take
place.'® In other cases the reaction term can be closed using a
PDF description of the scalar field. The advantage of this
method is that the total contribution to the reaction term can be
directly calculated from the composition PDF.!® An example
which uses the presumed PDF method is the turbulent mixer
model,’-'* which characterizes the mixture structure by solving
the mixture fraction and the variance (decomposed into differ-
ent components) equations for an inert tracer. The details of the
different closures available for the reaction term can be found
elsewhere.?°

This differential model (Eq. 3) can be solved along with the
Navier-Stokes equations to compute the concentration field
within the reactor. Commercially available CFD packages like
FLUENT have codes to solve these equations, based on the
finite volume approach. However, as mentioned earlier, this
can become computationally intensive for multiple reactions
with complex chemistries. In such cases model reduction into
compartments can be useful.

Model Reduction and Compartment Level
Equations

The compartmental modeling approach divides the entire
reactor into a number of connected, well-mixed compartments
as shown in Figure 1. Model reduction for this work is then
obtained by volume averaging Eq. 3 over a defined compart-
ment (a finite control volume V), which yields
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Using the Divergence Theorem and substituting Eq. 4 for
u c'* Eq. 5 is modified to

dV<C>Lk> _ Dt BET
+ | n(u¥cHds = ds
N N
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where (c*) is the volume averaged concentration in the control
volume defined as (c*) = [, ¢*dV/V. The second term on the
lefthand side of Eq. 6 can be written as [ n,(wfc¥)dS = 2¢_,
(Ui 0k, where (i), is the surface average velocity
and (¢% ), is the mixing-cup average (or volumetric flow rate
average) concentration on surface & of the compartment defined
as

fSk nl’}ikdsk

—k\
<um>k fSA dSk

and

fSk nl(ﬁ?%ik)dsk

— _
<cr,m>k fSk n,ﬁTdSk

Note that the mixing-cup average concentration ({¢’,,);, for
all k) is equal to the volume averaged concentration ({c’)),
only when there is no concentration gradient in the volume
element.

The first term on the righthand side (dispersion term) of Eq.
6 denotes mixing due to eddy transport (mesomixing) across
the cell faces. This can be written as [g (D/LUy)n(dc*/
axHdS = 28, (D)LU(IcHaxD),S,, where (D,), is
the surface average turbulent diffusivity and ((dc*/dx%)), is
the surface average gradient of the concentration on surface k
of the compartment defined as

by, = 1045,
e fSk dSk
and
ack
<8Ef> fsk nD, T)Cigdsk
axfl,~  Js Dds,

Note that ((9c%/ax%), = (8(c* ) dxD|, only when there is
no concentration gradient on the surface of the compartment
and (3(c* ,)axH|, = ((caxD] = (A{cE)/AxT)|, when
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there is no concentration gradient within the compartment
volume as well. In this work, the compartments are assumed to
be perfectly mixed which can be justified when the size of the
compartments is small, and the local Da in each compartment
is kept smaller than one. With this assumption, Eq. 6 becomes

avieth &, & (DY Al
dr + E (um>k<c=f>ksk = E LU, TX?

k=1 k

k

+ j DaR*dV + f DaR.*dV (7)
|4 v

Some comments on the role of the dispersion term are war-
ranted here. Note that the inverse of the dispersion Peclet
number appearing in Eq. 7 can be written as

<Dt>k 1 1 1 -1 U/ocal
LU() - SCT Ret - SCT Relaval T{)

where U, is the characteristic velocity defined for a partic-
ular compartment, and Re ., is the local Reynolds number
based on that velocity (Re,., = (LU,./V,)). Turbulent
Schmidt number Sc, is taken as 0.8 for all cases. In the regions
far from the impeller, Re ;. and U ., are both small, and the
product Sc; 'Rey,} (U,eail Uo) can be of O(1). In such a case,
dispersion will play a significant role on the predicted results.
On the other hand, near the impeller, the local Reynolds num-
ber is large (Re,, ), << 1), and the ratio (U,,,,/U,) is of O(1).
In those regions the relative importance of this term is small
and convection dominates the mixing behavior of the system.
This has been shown in the results as well, where the inclusion
of the dispersion term is important when the reactant feed point
is far from the impeller, but is not necessary when reactant
feeding is close to the impeller.

The second term on the righthand side of Eq. 6 is the
reaction term due to the mean concentration, where I_Q’(’f =
f(¢*). When no concentration gradients exist within a compart-
ment this can be written as [, R¥(¢*)dV = R*({(c*))V. The
third term on the righthand side (contribution from the mean of
the cross terms) is neglected in this work, based on the fact that
the local Da in each compartment is kept smaller than 1 when
the reactor is discretized into compartments. Eq. 7 then gets
modified to

dv{c* 6 6 D) Alc* i
et 2 (DS, = 2 o Aﬁ S+ R

k=1

®)

Equation 8 represents the mass balance for any component c¢ in
a compartment in dimensionless form. In terms of dimensional
variables Eq. 8 can be represented as

dchi*
Viia dt

i.jk=1 ijk=1 _
+ C c Sﬂxu(lx

_ i-ljkgi—1 i—1.jk ij—lkg o ij—1k
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where, R, = X% v, r,: Ny = number of reactions; r,, =
intrinsic rate of the m-th reaction; = v, = stoichiometric
coefficient, and kY. " = exchange coefficient at the (i—1) face
of the compartment (i,j,k) which is related to D, as shown later.
Equation 9 is the final compartment level model equation used
in this work.

Compartmental Model Inputs from CFD

The CFD-based compartmental model consists of the fol-
lowing steps. The complete CFD solution of the flow field is
first obtained in the entire tank. The next step is to determine
the required number of compartments depending on the time
scales of the reactions studied. This is discussed in the next
section. The first six terms on the RHS of Eq. 9 account for the
transfer of component ¢ by the bulk mean flows which are
obtained by averaging the complete CFD solution over the
faces of the defined compartments. The next six terms in the
equation account for the transfer of mass due to turbulent
dispersion. The exchange coefficient is estimated from the
turbulent diffusivity averaged over the faces of the compart-
ment as indicated later in the text.

Compartment discretization scheme

The discretization scheme followed in this work has the
following objective. Given the kinetics of a reactive system, the
compartments are created in such a way that the overall local
residence time of the liquid in a compartment is less than the
characteristic reaction time scale, that is

v (10)
<t
Qin,i o
where V; is the volume of the i-th compartment, Q,, ; is the sum
of all the inlet flows to the i-th compartment, and ¢,,, is the

characteristic reaction time scale. This ensures that significant
concentration gradients do not develop within a compartment
due to reaction (ensures that in each compartment Da < 1),
and, hence, compartments can be assumed to be macroscopi-
cally well-mixed.

To achieve the overall objective, discretization is done in-
dependently in each coordinate direction by choosing a veloc-
ity profile along that direction. The scheme involves the fol-
lowing steps:

e Selecting an appropriate velocity profile for discretization
in each of the coordinate direction, that is, axial, radial and
angular.

® Discretization along each coordinate direction is per-
formed so that in each direction the individual criterion is met,
that is
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Figure 2. A discretized compartment in the compart-
mental framework.

<t (11)

where v,,, is the average velocity between locations i and i+ /.

Note that independent discretization in each coordinate di-
rection essentially ensures that Eq. 10 is satisfied for about
one-third of the actual reaction time scale. This follows from
the scaling argument presented below. Figure 2 shows a com-
partment of dimensions x,, x, and x,, and three characteristic
velocity components v,, v, and v, through the compartment in
the three co-ordinate directions, respectively. For the given
compartment

V~xxxg (12)

Q -~ ‘vr|xrx9 + U | XX g + ‘v0|xrxz (13)

0 odrxo+ [ofex + ufex, o) o) o

14 XX Xg Xr Xz Xo

(14)

Now, if the discretization is carried out in each direction
independently (without accounting for the contribution of the
flow from the other two directions) we have

X, Xg
— <t and — <t,,
. ‘U0|

rxn»

z

which then implies that

\%

0 3
V7t

trxn

or, 5 <3 15)

Q<

Therefore, a reaction time scale 7., ~ 3t,,, can be used for
discretization, still satisfying the overall criterion given by Eq.

10.
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Selecting the velocity profile

To select the axial velocity profile for discretization, circum-
ferentially-averaged axial velocity plots (v, vs.z) are obtained
at different radial positions in the reactor. An average axial
velocity is calculated for each of the profiles as

v, = (16)

where v, is the velocity at any given point in the profile, and
N, is the total number of points. The average velocity obtained
using Eq. 16 at each of the radial locations is compared, and the
profile that has the smallest value of the mean velocity is
chosen for discretization. If Eq. 11 can be satisfied for a plane
which has the smallest average flow, it would satisfy the
criterion at other planes also where the average flows are larger
(the compartment length Ax; remaining same).

The same procedure is followed to select the radial and
tangential velocity profiles by obtaining circumferentially-av-
eraged radial and tangential velocity plots (v, vs.r & v, vs.r)
at different axial locations. The profiles with the smallest
averages are chosen for discretization.

Discretization

The number and location of the axial compartments is ob-
tained using the selected axial velocity profile. Given an axial
location (Figure 3), and the corresponding velocity, we need to
find a location such that

Ziv1 — &
< (17)

2 Vv T U
Since the velocity profile is known, z;,, can be obtained by
iteration so that the earlier criterion is satisfied.

The same procedure is followed to determine the number
and location of the radial compartments using the radial veloc-

Zi+1)

Z1i)

Figure 3. Discretization in the axial direction.
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ity profile. The angular direction is divided evenly and the
number of compartments can be obtained as

271,
] (18)

Ny = max [

|v9,i|trxn
where v_; is the tangential velocity at r, in the selected velocity
profile.

This methodology is, however, conservative and creates too
many compartments in the regions where velocities are very
small (near the walls and near the bottom) and in the angular
direction. This is avoided by neglecting regions of smaller
velocities and dumping them into a neighboring larger com-
partment. The minimum velocity used in the discretization is
determined from the corresponding velocity distribution (axial
or radial or tangential) over the entire reactor. About 5-10% of
the distribution around zero is neglected and velocities larger
than that are used for discretization. Also to obtain a more
realistic number of compartments, the discretization in the
axial and radial direction is carried out using a larger time scale
(compared to the actual reaction time scale as described ear-
lier). The number of compartments in the angular direction is
taken as a multiple of the number of impeller blades (either 6
or 12 for the cases shown). After the compartments are created
it is checked if the overall objective (Eq. 10) is met.

Exchange coefficients

In earlier studies>¢ the dispersion due to turbulence had been
described by exchange flows between compartments, which
were taken as a fraction of the mean flow through the com-
partment. In a recent work” this fraction has been estimated
from the normalized energy dissipation rate. The dispersion
term, however, accounts for a larger length scale than the
length scale at which energy dissipation occurs. Using this
approach to calculate the exchange parameter the exchange
term near the impeller is overestimated where most of the
energy dissipation occurs.” In this work, the exchange coeffi-
cient at each face of each compartment is represented through
the turbulent diffusivity, which in turn was estimated from the
kinetic energy and dissipation rates obtained from the detailed
CFD simulation.

The standard k-& model assumes isotropic turbulence and the
kinetic energy of fluctuations is described as

k=-u" (19)

Also, the fluctuating velocity based on the same assumption of
homogeneous, isotropic turbulence (Kolmogorov’s Universal
Equilibrium theory) can be written as

u' ~ (el,)'"” (20)

where, ¢ is the dissipation rate, and [, is the characteristic
length scale.

The earlier two relationships (Egs. 19 and 20) give an
estimate of the length scale of the large eddies that account for
dispersion due to turbulence. The turbulent diffusivity, which
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can be described as the product of the characteristic velocity
and the characteristic length scale, therefore, becomes

kZ
D,~u’le:A(;) @21

The constant A can be calculated using the standard k—& model
constant (Cu = 0.09) and assuming Sc, = 0.8, which gives
A = 0.1125. The surface-averaged values of the turbulent
diffusivity, (D,), are obtained for each face of the compart-
ments, and the exchange coefficient is estimated as

(D)
ex T A)Ci

(22)

where Ax; is the distance between the centers of two neigh-
boring compartments in the i-direction.

Results and Discussion

The model described earlier has been used first to predict the
mixing of an inert tracer in the tank. The model is then applied
to single reaction schemes with linear and nonlinear kinetics to
test whether it shows the effect of mixing on the performance
of the reactor. The flow fields are simulated at three different
impeller speeds (150, 250, and 350 RPM) with Re;,,
11,000-26,000. Finally, a second-order competitive-consec-
utive kinetic scheme is studied.

System

The system used to simulate the flow is a cylindrical, flat-
bottomed tank with diameter 7 = 0.2m. The height of the liquid
is equal to the tank diameter. The tank has four baffles of width
7710, and is agitated by a six-bladed Rushton turbine of diam-
eter D = T/3. The length of each blade is 7/12, and the height
is 7715. The impeller clearance (distance from the bottom of
the tank) is equal to the impeller diameter. The geometry is
shown in Figure 4.

Flow field

The single phase flow field is simulated using FLUENT 6.0
for the geometry shown in Figure 4. The multiple reference
frame (MRF) approach?! is used with the standard k-e model
for turbulence. The top surface of the liquid is modeled as a
free surface. The physical properties of the liquid are taken as
that of water.

Inert tracer mixing

The inert tracer is injected at the top free surface of the liquid
near the wall as a pulse injection. The mixing time to achieve
99% homogeneity in the tank (when the concentration in each
compartment is not varying more than 1% of the mean con-
centration) is predicted. The level of mixing achieved is mon-
itored through the variance of the tracer concentration in the
tank. Based on this, the criterion used to assure the desired
level of homogeneity in the entire tank is given by

DOI 10.1002/aic 1841
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Figure 4. Geometry used.
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o'S(l—p)E(N_l) (23)

where o is the standard deviation defined as o = [(Z_, (¢; —
©)*/N — 1)]"2, pis the desired degree of homogeneity, ¢ is the
mean tracer concentration when complete mixing is achieved,
and N is the total number of compartments. The total number
of compartments used for the simulations were varied from 120
(5X4X6:axial Xradial Xangular) to 720  (12X10X6:
axial Xradial Xangular), where each of the coordinate direc-
tions is divided equally in length into the number of compart-
ments in that direction, that is, the center to center distance
between any two neighboring compartments in a given direc-
tion is same throughout the domain. The predicted mixing time
decreases as the number of compartments is increased and
approaches at each RPM an asymptotic value as shown in
Figure 5. The convergence is achieved with 480 (10X8X6)

- + 150 RPM
. # 250 RPM
30 4350 RPM
*
25
— * *
)
2 20 .
; ]
15
= &
10 a "
5
) T T . r T Y
0 100 200 300 400 500 600 700 800

Number of compartments

Figure 5. Convergence of predicted mixing time with
number of compartments.
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Comparison of Mixing time with literature correlations
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20 4

B ¢ Fassano-Penney
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2 15 4 4 & Sano-Usui
210/ & & CFD-Compartmental
= » Nodel
s ]

54

0 T - v !

2 3 4 5 6

impeller speed (rps)

Figure 6. Predicted mixing time with literature correla-
tions.

compartments for 150 RPM, and with 432 (9X8X6) compart-
ments for 250 and 350 RPM. Further results presented in this
section have been simulated using this numbers of compart-
ments for which mixing time convergence was achieved.

The mixing times predicted by the model at different impel-
ler speeds for 99% homogeneity (p = 0.99) are compared with
two correlations from the literature. These correlations from
Fasano and Penney (1994)?2 and Sano and Usui (1985)3 are
respectively given by

—In(1 = p)
by = D\>17/T\05 24)
oo (2] (1]
~1.80 —0.51
3 8 9 é n*().47
AT T b
Iy = (25)

N,

imp

The constants for Eq. 24 are valid for fully turbulent regime
(Re;,,,>10,000). At lower Reynolds number the mixing time
would be greater than that predicted by this equation. For Eq.
25, all the measurements were done for Re;,,,>5000, and the
constants are valid only for 99% homogeneity in the tank.
Comparison of the predicted mixing times at different im-
peller speeds with the two correlations is shown in Figure 6.
The model predictions compared reasonably well with the
correlation values to achieve 99% homogeneity in mixing.
Studies on mixing in stirred-tank reactors also show that in the
completely turbulent regime, the dimensionless mixing time
defined as N,,,t, becomes constant when plotted against the
impeller Reynolds number. Such a plot based on the predicted
mixing time in Figure 7 also exhibits essentially a constant
value. The average value of the dimensionless mixing time as

predicted by the model is about 59.

First and second-order kinetics

In order to test the model developed, single reactions of first
and second-order kinetics are studied at two different impeller
speeds (150 and 350 RPM) for a batch system. The reaction
time scale is taken as 1 s. It has to be noted that the inert mixing
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Figure 7. Dimensionless mixing time (predicted) vs.
Reynolds Number.

times at 150 and 350 RPM are around 19 s and 9 s, respec-
tively, that is, the reaction time scale is kept small compared to
the time scale of mixing. It is, therefore, expected that mixing
should have an influence on reactor performance under these
conditions.

First-order kinetics

The reaction stoichiometry for this case is given by B —
Products. The reactant B is added as a pulse to solvent A
present in the reactor. The concentration of the reactant B in the
pulse is 100 mol/m?®, which would result in a mean B concen-
tration of 10 mol/ m*. The ratio of the added volume of reactant
B to the total liquid volume in the reactor is ~0.1. It is assumed
that the reactor volume and the flow field do not change
significantly due to the addition of reactant B. The number
of compartments used for simulation is 594 (11X9X6:
axialXradial Xangular) at 150 RPM and 216 (6X6X6:
axial Xradial Xangular) at 350 RPM.

The difference in the mixing behavior of the system at
different impeller speeds is visible in Figure 8, which shows a
plot of the dimensionless standard deviation of the concentra-
tion of B in the reactor vs. conversion. The conversion is
calculated based on the volume averaged mean concentration
of the reactant in the reactor. The standard deviation is larger at
lower impeller speed, that is, as expected mixing is poorer
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Figure 9. Conversion vs. time for a first-order reaction.

under this condition. On the other hand, Figure 9 shows a
comparison of the reactor performance at the two speeds, and
that predicted by the classical perfectly mixed-stirred tank
model (instantaneous mixing at all length scales). The plots can
be seen to overlap each other. This confirms the fact that
conversion of a first-order reaction is always independent of the
mixing behavior of the system.

Second-order kinetics

The reaction stoichiometry for this case is A+B — Products,
and the reaction is first-order in each reactant and is second-
order overall. The conditions are the same as stated in the
preceding section. The mean concentration of reactant A al-
ready present in the reactor is 10 mol/ m® so that the molar ratio
of the two reactants fed to the system is equal to 1.

As before, the difference in the mixing behavior at the two
conditions can be observed in Figure 10. However, now the
reaction kinetics being nonlinear, mixing should have an influ-
ence on reactor performance. This is shown in Figure 11. Since
this is a batch process, the slower the mixing the larger is the
time needed to achieve a desired level of conversion (up to
90% conversion is shown in the plot).
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Figure 8. Dimensionless standard deviation vs. conver-
sion for a first-order reaction.
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Figure 10. Dimensionless standard deviation vs. conver-
sion for a second-order reaction.
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Figure 11. Conversion vs. time for a second-order reac-
tion.

Effect of mixing on multiple reactions

Mixing effects on the performance of chemical reactors
become much more significant when there are multiple reac-
tions taking place in the system with widely varying time
scales. The formation of the desired products can be increased
if mixing effects in such reactions can be predicted. From an
environmental point of view, this can lead to the minimization
of waste generation as well.

Paul and Treybal?* had performed experiments with a sec-
ond-order, competitive-consecutive reaction scheme, and
showed the effect of feed location and mixing for a homoge-
neous, multiple-reaction system. The reaction used in that
study was the iodination (B) of L-tyrosine (A) to produce
3-iodo-L-tyrosine (R) and 3,5-diiodo-L-tyrosine (S). The reac-
tion scheme can be written as

ki

A+ B—R

ks

R+B—S

The component R is the desired product of the reaction. The
kinetic constants for the two reactions, as obtained from their
study at 298K, are k; = 0.035 m* mol ' s~ and k, = 0.0038
m® mol ™' s~ '. The first reaction is an order of magnitude faster
than the second reaction. These reactions are slow enough to
ignore micromixing effects (as shown later) and have been
used earlier to demonstrate the effect of macromixing using the
Network of Zones model?® as well.

The system comprises of semi-batch addition of reactant B
(iodine) into precharged A (L-tyrosine) which has an initial
concentration of 200molm >. The concentration of reactant B
in the feed is 2000molm™>. The feeding time for B is 15 s, and
the molar ratio of reactant A to the total amount of B fed to the
system is 1. The impeller speed is 1,600 RPM. The number of
compartments used for simulation is 1,560 (13X10X12:
axial Xradial Xangular). The geometry used for the experimen-
tal study is shown in Figure 12. Two feed lines were used for
the addition of reactant B, one at the top and the other below
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the impeller. The semibatch injection of B is modeled as a
series of discretized feeds at small intervals of time. The time
interval between two feeds is taken as 0.5 s. No significant
difference is observed by decreasing the time interval further.

An estimate of the micromixing time scale can be obtained
as26

tmicm = 1724 (26)

Py

where v is the kinematic viscosity and € is the average kinetic
energy dissipation rate given by

g = PoN,,,D°V;' (27)

Assuming Po as 5 for a Rushton turbine operating in the
completely turbulent regime, the estimated micromixing time
scale for the condition simulated turns out to be ~0.007 s. The
reaction time scale based on the fastest reaction can be esti-
mated as

1
L = T —— (28)
kICA()

which is ~0.143 s. Since the micromixing time scale is much
smaller than the time scale of the fastest reaction, performance
will be limited by macromixing, and micromixing effects can
be neglected.

The effect of the feed location on the mixing behavior of the
system is shown in Figure 13. Mixing is poorer when the
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Figure 12. Details of the geometry used for the simula-
tion of multiple reactions (Paul and Treybal24).
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feeding is done from the top as evidenced by a much higher
standard deviation of concentration of B compared to the
bottom feed. Figure 14 shows the yield of R (defined as
Cr/C ) as a function of time. The yield is lower when the top
feed line is used, thereby producing more of the undesired
product S due to local over-reaction.

In their experimental study, Paul and Treybal?>* measured the
yield of the product R when the reaction reached completion.
Figure 15 shows a quantitative comparison of the measured
yield of R, and the yield predicted by the compartmental model
and the perfectly mixed model at the end of the reaction for the
two feed points. The conventional perfectly mixed model
would predict a yield of 75.5% when there is no mixing
limitation.>* The compartmental model does a better job in
predicting the product yield for different feed locations. The
agreement between the experimental result and model predic-
tion is reasonable, although the performance is slightly under-
predicted for the top feed-line. Under-predicting the yield of R
implies that mixing is under-predicted for that case (since
poorer mixing produces less R). One of the reasons for this
could be the under-estimation of the exchange coefficient term
in the model equation. To check the sensitivity of the predic-
tions to this term, simulations were done by dropping the
exchange terms completely (retaining only the mean flow) and
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Figure 15. Comparison between measured and pre-
dicted yield of R at the end of the reaction for
the two feed locations.

also by increasing the exchange coefficients by a factor of 2.
The results are shown in Figure 16. The top-feeding turns out
to be quite sensitive to the exchange term, while the bottom one
is almost independent of the exchange term. This is in line with
the discussion presented earlier.

Summary and Conclusions

In this work, the CFD-based compartmental model is devel-
oped and employed to predict the effect of mixing on the
performance of stirred-tank reactors. The model has been
shown to capture the essential features of macromixing in the
reactor. For reactive systems, a discretization scheme has been
developed based on the time scales of the system. The effect of
the feed location on the product yield and selectivity is also
captured for multiple reaction system and the results are in
reasonable agreement with those experimentally observed.
Based on the results obtained it can be concluded that the
dispersion term (mesomixing) in the model equation is impor-
tant when reactant feeding is far from the impeller. When
feeding is close to the impeller, convection (macromixing)
dominates, and the contribution of the dispersion term is not
significant.
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Figure 14. Yield of R as a function of time for the multi-
ple reaction scheme.
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Figure 16. Sensitivity of the exchange term on the pre-
diction of yield.
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Notation

A = constant
b = blade height, m
C = clearance of impeller from tank bottom, m
¢, = concentration of component ¢, mol-m >
C.. = Mean concentration of component ¢, mol-m™
¢! = fluctuating concentration, mol-m >
(c.) = Volume averaged concentration, mol-m~
(¢e.my= Cup-mixing concentration, mol-m >
D = impeller diameter, m
D,, = molecular diffusivity, m*-s~
D, = turbulent-dispersion coefficient, m?-s~
H = liquid height, m
k = turbulent kinetic energy, m*-s~
k,. = exchange coefficient, m-s '
[, = eddy length scale, m
n, = number of blades
N = number of compartments
N,,,, = impeller speed, rps
» = number of reactions
p = degree of homogeneity, that is, local concentrations do not vary
more than (1-p)% of the mean concentration
Q = volumetric flow rate, m3-s ™!
S
T
t

3

3

1
1

2

= surface area, m>
= tank diameter, m
= time, s
t,, = mixing time, s
u; = mean velocity, m-s~
u’ = Fluctuating velocity (m-s~")
(u,,y = surface average velocity (m-s~")
u,, = axial velocity, m-s '
U,,q = radial velocity, m-s~
u, = circumferential velocity, m-s~
V = compartment volume, m®
V, = total fluid volume, m?
& = kinetic energy dissipation rate, m>-s~
o = concentration standard deviation, mol-m™
v = kinematic viscosity, m>-s~

1

1
1

3
3

Dimensionless numbers

Da = Damkohler number

Pe = peclet number

Re = Reynolds number

Sc = Schmidt number

Sc; = turbulent Schmidt number
Po = power number

Time scales

Reaction time scale: Cy/R(C,)
Convection time scale: (L/U,)
Mean residence time: (V/Q;,,)
Dispersion / mesomixing time scale: (L*/D,)
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